The mass transfer performance has been tested for gas-liquid flow in a new tubular reactor system, the oscillating mesotube (OMT), which features the oscillatory movement of fluid across a series of smooth constrictions located periodically along the vertical 4.4 mm internal diameter tube. The effect of the fluid oscillations (frequency, f, and center-to-peak amplitude, x 0 , in the range of 0-20 s -1 and 0-3 mm, respectively) on the overall volumetric mass transfer coefficient (k L a) has been tested by measuring the oxygen saturation levels with a fiber-optical microprobe (oxygen micro-optrode), and a mathematical model has been produced to describe the oxygen mass transport in the OMT. The oxygen mass transfer rates were about 1 order of magnitude higher (k L a values up to 0.16 s -1 ) than those values reported for gas-liquid contacting in a 50 mm internal diameter oscillatory flow reactor (OFR), for the same peak fluid oscillatory velocity, i.e., 2πfx 0 . This represents remarkable oxygen transfer efficiencies, especially when considering the very low mean superficial gas velocity involved in this work (0.37 mm s -1
Introduction
Gas-liquid flow is widely used in chemical and biochemical engineering, including gas-liquid catalytic reactions, fermentations, and photosynthesis by micro-organisms. The gas-liquid oxygen mass transfer coefficient (k L a) is an important parameter when considering the application of a gas-liquid contacting technology in oxygen-dependent processes (e.g., many biological transformations) and has been studied for decades in conventional gas-liquid contacting systems, e.g., stirred tank reactors (STRs), bubble columns (BCs), or air-lift reactors (ALRs). Nowadays, both chemical and biochemical engineers are being attracted by the unique advantages presented by the scale-down platforms as an alternative to the conventional scaled-up systems. This change is being driven by demands in sustainability and production objectives and is powering the Process Intensification of industrial processes. However, gas-liquid contacting in small-scale platforms is particularly challenging because of reduced mixing intensities and contacting times commonly found in such systems.
Fluid oscillations in the presence of periodic constrictions are an outstanding method for enhancing the mass transfer rates in heterogeneous systems. The recent development of a new oscillatory flow screening mesoreactor 1 has been an important milestone in the scale-down of baffled, oscillatory flow reactors (OFRs). The internal diameter of the tube has been scaled-down by 1 order of magnitude (i.e., from 50 to ∼5 mm), and the geometry of the periodic constrictions has been adjusted to be smooth rather than sharp, making it compatible with the design's requirements of bioprocessing and fine chemicals industries. These features have turned the oscillatory mesotube (OMT) into a potential screening unit for bioprocess development as published by Reis et al. 2 Previous studies have suggested exploring the OMT as a gas-liquid contacting technology, thus establishing the purpose of this present work. Because of its particular geometry (a tubular system with a small internal diameter), the experimental determination of oxygen transfer rates in the OMT is challenging and the standard methods for k L a evaluation cannot be directly implemented, as will be discussed.
Results of k L a measurement were extensively reported for many devices, from high-power rotary agitators to bubble columns, for many processes and using different methods. The principal methods for estimating the k L a may be classified in five main groups: (a) dynamic methods (e.g., dynamic oxygen electrode and start-up methods); (b) steady-state sulfite method; (c) dynamic pressure method (DPM); (d) peroxide methods; and (e) response methods. A survey of the main methods employed at the industrial scale is presented by Gogate and Pandit. 3 Reported works cover a wide range of reactor types. [4] [5] [6] [7] [8] [9] The improvement of gas-liquid mass transfer in baffled tubes in the presence of fluid oscillations 10 has faced little attention until the 1990s, with a few exceptions. 5, 6, 11 The recent growing interest in OFRs led to the achievement of important results concerning mass transfer in this type of reactor. Oxygen mass transfer for an air-water system in an OFR was reported by Hewgill et al.; 12 a 6-fold increase in k L a was obtained in comparison with a BC. Ni et al. 13 also reported 75% higher values of k L a with an OFR when compared to a STR at similar power inputs. The first explanation for this effect was an increase in the gas holdup (and, hence, in the specific surface, a), in accordance to Serieys et al. 9 and Baird and Gargstang. 5 An alternative explanation for such k L a improvements in OFRs was later introduced by Ni et al.: 13 the more even distribution of the shear rates in the OFR leads to thinner liquid films, hence increasing the mass transfer term, k L .
A recent work by Ellenberger and Krushna 14 at the University of Amsterdam has shown that the application of low-frequency vibrations in a plain, vertical bubble column has the great potential of improving the gas-liquid mass contacting. The vibrations were observed to cause smaller bubbles being generated in the nozzle with significant enhancements in the gas holdup and k L a by a factor of 2 or more, which was associated with the levitation of bubbles in the column.
Few methods for estimating k L a have been explored in OFRs. Hewgill et al. 12 considered the dynamic nitrogen purge method as an accurate method for k L a measurement in a batch OFR. The same technique is also recommended by Linek et al. 15 Although being the one most used in laboratories, this method leads in some circumstances to wrong values of k L a, as pointed out by Hewgill et al. 12 Ni et al., 16 for example, used the dynamic gassing-out technique in a 50 mm internal diameter OFR; however, the same author has identified a pitfall of the gassingout method in a subsequent work: a well-mixed state needs to be achieved within a reactor if this method is to be used for k L a determination in a batch OFR. 17 Oxygen electrodes (the most widely sensors applied to the measurement of dissolved oxygen, DO) can limit the accuracy of k L a measurement. van't Riet 18 concluded that the use of commercially available probes enables the measuring of k L a up to 0.1 s -1 with little losses of accuracy and without the need to use response models if the response time of the probe is 2-3 s. However, for most commercial DO probes, this is not the case, with the compensation of the different time responses of the probes being essential even when this is as small as 3 s. 16, 17 In comparison with DO electrodes, the oxygen optrodes (the optical equivalent of electrodes) seem more suitable for bioengineering applications. First, sensing does not consume oxygen; second (and as a consequence of that), the partial pressure of oxygen in the optrode's tip (where a fluorescent dye is located) is in equilibrium with the partial pressure outside the optrode. As the optrode response is directly related to oxygen concentration (and not to the oxygen flow), the modification of the diffusion properties of the optrode would have any effect just on altering its response time. Furthermore, optrodes offer many advantages due to the utilization of fiber-optical technology, such as remote sensing, small size, and sensor networking. 19 It is generally accepted that the straight application of the major methods for measurement of k L a values (essentially the dynamic and the response ones) is reduced to the situation of perfect mixing in the liquid phase. 3 That is not the situation for most of the "real" reactors. In this study, the DO saturation levels were monitored in the continuous OMT with a micro-optrode and the k L a values were estimated through mathematical modeling of the oxygen mass transport at different combinations of fluid oscillation frequency (f) and center-to-peak amplitude (x 0 ) in the ranges 0-20 s -1 and 0-3 mm, respectively.
Experimental Apparatus and Procedures

Oscillatory Mesotube.
The OMT consists of a jacketed, glass tube provided with smooth periodic constrictions. The maximum internal diameter (d) is equal to 4.4 mm, and the ratio of constriction-free cross section to the maximum free cross section is ∼13%. Two lengths for OMT were tested in this work: (a) OMT1 with 350 mm and (b) OMT2 with 75 mm, as shown in Figure 1 and further detailed in Table 1 . Fluid oscillations were produced using a rotating ceramic piston pump (CKCRH0, Fluid Metering Inc., New York) working in closed loop. The design of such a pump (valveless rotating and reciprocating piston) allowed for obtaining good sinusoidal oscillations in the fluid. The value of x 0 was well-controlled by turning the flowcontrol ring in the pump's head. The relationship between the piston position (h p ) and x 0 (calculated in the maximum internal tube diameter, i.e., d ) 4.4 mm) is given by the following relation: x 0 (mm) ) 7.3074 × 10 -3 · h p . The angular velocity of the motor gives a direct control over f. In all, a precise and independent control of both x 0 and f is obtained with this setup.
The intensity of mixing in the OMT can be described by the oscillatory Reynolds number, Re o , defined as follows:
12 Figure 1 . Geometry of the OMT, detailing the (a) tube's geometry, (b) design of a 350 mm length (OMT1), and (c) design of a 75 mm length (OMT2). Λ is the distance between two consecutive constrictions; d is the internal tube diameter; d0 is the constriction-free diameter; and L is the length of the tube.
The formation and dissipation of eddies in an OFR results in significant enhancements of mass-transfer processes. 12 In particular, the OFR's geometry has been demonstrated to increase the holdup of bubbles and particles and is an effective method of controlling liquid droplet and bubble size distributions. 20, 21 2.2. Experimental Setup. An OMT was fixed vertically and mounted as illustrated in Figure 2 . A constant, continuous liquid flow rate (Q L ) of 1.58 mL min -1 was pumped with a peristaltic pump through a reservoir and connected downstream of the closed-oscillation loop, thus avoiding losing the fluid pulsations. Distilled water was used as the liquid phase and was deaerated using nitrogen gas. A constant airflow rate (Q G ) of 0.28 mL min -1 (corresponding to a mean superficial gas velocity, V SG , of 0.37 mm s -1 ) was sparged through a syringe needle in the bottom of the OMT, and DO concentration at the top of the OMT (represented as oxygen saturation, x O2 out ) was monitored until a steady response was attained. No other gas distribution method was tried because the mass transfer under oscillatory flow is dominated by the fluid flow patterns and is independent of the gas distributor, as concluded by Oliveira and Ni. 21 The typical time to achieve the steady response in DO concentration was about 10-15 hydraulic residence times, i.e., ∼30-45 min.
Measurement of DO Saturation Levels. The values of x O2
out were continuously measured with a calibrated, fiberoptic fluorescence microprobe (oxygen micro-optrode) provided with SMA connectors (Avs-oxyprobe-1.5, Avantes, Eerbeek, The Netherlands). The working tip of the micro-optrode (1.5 mm diameter) was dip-coated with a ruthenium complex immobilized in a sol-gel matrix. When this complex is excited to fluorescence by a blue LED (475 nm output peak), the level of the fluorescence (at about 600 nm) is inversely related to x O2 out according to the Stern-Volmer equation, 19 ,22
where I 0 and I are the fluorescence intensities in the absence and presence of oxygen, respectively; K SV is the Stern-Volmer constant; and x O2 out is the oxygen saturation. 19 The level of fluorescence in the micro-optrode was measured with an optical spectrometer (AvaLights-2048, Avantes, Eerbeek, The Netherlands). The 2 048 pixels charge-coupled device (CCD) detector was connected to an electronic board with a 14 bit AD converter and USB/RS-232 interface. Data transfer between the optic spectrometer and a personal computer was controlled by AvaSoft full software (Avantes, Eerbeek, The Netherlands).
The micro-optrode was attached to a flow cell installed at the top of the OMT and spaced from the point of gas sparging by a distance L' described in Table 1 . As for certain fluid oscillation conditions, the diameter of the micro-optrode is of the same magnitude of the bubbles' diameter; the problem of direct impingement of bubbles in the micro-optrode was minimized using a plain pipe section in the flow cell ( Figure 2 ) with an internal diameter slightly larger (5.0 mm) than d ( Figure  2 ). This arrangement avoided the attachment of bubbles to the micro-optrode tip, which might complicate the attainment of a steady state. Our previous hydrodynamic studies in the OMT 23 support the well-mixed assumption for each cavity of the OMT in the range of f and x 0 herein considered (Table 2) ; thus, x O2 out was taken as uniform around the micro-optrode's tip (i.e., as mixing cup "concentration").
The micro-optrode was appropriately calibrated by continuously flowing deaerated (oxygen saturation ) 0%) and oxygen saturated (oxygen saturation ) 100%) distilled water in the presence of smooth fluid oscillations (say f and x 0 equal to 10 s -1 and 1 mm, respectively) by bubbling air and nitrogen, respectively, in the water-supplying tank. The DO concentration in the tank was monitored using an oxygen electrode (12 mm oxygen probe, Mettler-Toledo, Switzerland). Values of K SV and I 0 from eq 2 were determined by Avasoft full software (Avantes, Eerbeek, The Netherlands).
The OMT was covered with aluminum foil at the measuring point to reduce the signal noise due to the environmental light. Poly(vinyl chloride) (PVC) tubes were used in all the setup and fitted with rigid PVC connectors, thus minimizing gas diffusion through the tube walls. Experiments were performed at the room temperature (i.e., 20°C) and at least in duplicate for the different combinations of f and x 0 shown in Table 2 2.4. Experimental Measurement of Gas Holdup. The volume fraction of the gas phase (the gas holdup, ε G ) was measured for the same combinations of f and x 0 shown in Table  2 by recording the changes in the liquid height from the tube OMT1 using a fine scaled ((0.5 mm) plain pipe with 6 mm internal diameter fitted to the outlet of the tube, similarly to the procedure followed by Oliveira and Ni. 20 The precision of this setup allowed an estimation of ε G in most experiments with a final error e 5%. A 6 mm diameter was chosen for the plain pipe to avoid bubble retention after the outlet of the mesotube, thus maximizing the accuracy of ε G measurement. The procedure involved measuring a liquid level h 0 in a fine scale marked on the plain pipe in the absence of gas and the corresponding level, h, when gas was continuously introduced at the same value of Q G . Two different modes of operation were tested: (a) continuous gas phase and continuous liquid phase and (b) continuous gas phase and batch liquid phase. In the later case, the liquid level was initially fixed at a stable level (h 0 ). Then, the gas inlet valve was opened and the final liquid level (h) was measured at the steady state. This final steady state was achieved after some minutes for the majority of the combinations of f and x 0 , but it took longer for either very low (e3 s -1 ) or very high (g15 s -1 ) values of f.
In the presence of the continuous flow of the liquid phase, a reverse proceeding was applied: the OMT was operated for 5-10 min at the desired values of f, x 0 , Q L , and Q G . Then, the fluid level was fixed (h) simultaneously with the water and air shutting down. The final liquid level (h 0 ) was measured after rinsing all the bubbles out of the tube. The gas holdup (ε G ) was calculated from the volume change (∆V) by
where
The main advantage of this procedure was its easy implementation. The results of gas holdup for batch-mode determination are herein reported due to the major importance of knowing the operability range of the OMT when it is operated as a batch mixing device for sustaining, e.g., aerobic growth of cells.
Modeling of Oxygen Mass Transport in the OMT
Considering oxygen mass transfer between the air and liquid phases, two partial differential equations can be written to predict the oxygen concentrations over time and position in these two phases. Taking the values for steady state (i.e., when enough time has elapsed since the beginning of the experiment), a molar balance to DO in the liquid phase over an element dl can be written in terms of the convective and the diffusion flow as follows,
where D L is the eddy (or axial) dispersion coefficient and the
is the "driving force" for oxygen mass transfer given as mixing cup concentrations.
The initial condition for the liquid phase at the inlet is
and the appropriate exit boundary condition is
Neglecting the gas backmixing, the differential equation for the oxygen balance in the gas phase (o j G ) can be written as
where V SG is the mean superficial gas velocity (m s -1 ) and simultaneously with o j L * depends on the hydrostatic pressure in the tube. The boundary and initial condition for the gas phase is
where o j L * (0) is the saturation oxygen concentration in equilibrium with the partial pressure of oxygen in the sparging air at the experimental pressure and temperature conditions, according to Henry's law, and R is a dimensionless factor converting the molar fraction of oxygen in the gas phase to molar concentration in the total volume of the tube.
Solving together eqs 4 and 7, the overall k L a can actually be determined by taking a single measurement point of DO concentration (i.e., using the values x O2
out measured with the micro-optrode), assuming both D L and ε G are known as well as the DO concentration in the feeding tank. The values of ε G were experimentally determined in this study, while the values for D L were made available from previous studies in the OMT 23 at the same range of oscillating conditions. The mean values of D L for each combination of f and x 0 are summarized in Table 2 . Note D L values do not correlate with the mixing intensity as both the radial mixing and the fluid backflow (imposed by the reciprocating flow) do contribute to the global axial dispersion coefficient; in general, low x 0 and high f leads to plug-flow behavior (i.e., minimum values of D L ).
There are some assumptions in writing eqs 4-8. Closed boundaries were considered for the OMT as previously demonstrated by the residence time distribution studies. 23 Flow and dispersion in the radial and angular directions are assumed to be negligible, and the gas phase flows in a plugflow pattern. The last is a very common assumption on k L a studies in, e.g., bubble columns, 24 but this is in fact a careful assumption as it leads to underestimated values of k L a. The dispersion coefficients for liquid-phase flow, D L , are not significantly affected by the presence of the gas phase; the values of ε G for the continuous operation were lower than 5% at any of the experimental conditions herein tested, as will be shown below. Operating conditions such as gas flow rate and liquid volume are constant; therefore, gas holdup, gas velocity, and liquid velocity remain constant throughout the tube. The differential hydrostatic pressure has been ignored, which is reasonable considering the small height of the OMT; this also supports the assumption of a uniform ε G for "steady-state" operation.
Taking the dimensionless form with
while eq 7 may be written as
where τ L and τ G are the mean residence time of the liquid and gas phases in the OMT, respectively, and can be determined from the following relations:
The gas concentration in the total volume can also be represented by
If enough time is elapsed, the molar fraction of oxygen in the gas phase at "steady state" in eq 10b( y O2 ) will achieve equilibrium with the saturation concentration of DO in the liquid phase (o j L * ), according to Henry's law,
where k c ′ is the Henry's constant based on molar concentrations and is equal to 736.85 atm L mol -1 at the experimental temperature and pressure conditions (20°C and 1 atm) .
Thus, eq 10a can be rearranged to
From eq 11a, the derivatives ∂o j L * /∂z and ∂ 2 jo L * /∂z 2 can be determined and substituted in eq 9, thus obtaining the following equation:
This is a second order, linear, homogeneous, ordinary differential equation (ODE) with constant coefficients, and for the boundary conditions given in eqs 5 and 6, it can be demonstrated that the solution is
with o j L * (0) ) y O2 (0) · P/k c ′ and y O2 (0) being the molar fraction of oxygen in the sparging air and equal to 0.20948 mol O2 /mol air for atmospheric air. In eq 13, the parameters λ 1 , λ 2 , γ 1 , γ 2 , w 1 , and w 2 are given by
The DO concentration in the liquid phase (o j L ) can now be simply obtained with eqs 13a-g and 14 using the initial substitution previously done in eq 9:
It can be proved that the two functions y j L (z) and o j L * (z) defined by eqs 13a and 14 above increase/decrease monotonically with z, and that o j L (z) given by eq 15 is always positive.
By setting z ) 1 in eqs 13a-15, the modeled value o j L | z)1 can be compared with the DO concentration given by x O2 out by iteratively defining a proper value for k L a. This was done using Excel's Solver tool and assuming a residual of 0.001% for convergence of the solution.
Alternatively, from a global mass balance to the liquid phase between the inlet and the outlet of the OMT, the oxygen molar fraction (or the partial pressure) for the exit gas, y O2 | z)1 , can be determined from the following:
′ can also be used as the target in Solver's tool, but the selection of o j L | z)1 as the convergence criterion is wiser as it presents lower propagated errors. In the last case, the converged values for o j L | z)1 yielded an estimation of o j L *| z)1 within an error of (2% in relation to the experimental value determined from eq 16. Figure 3 summarizes the averaged values of ε G in the vertical OMT1 for continuous and batch flow of the liquid phase. In both cases, a continuous gas flow rate of 0.28 mL min -1 was used. Note the 1 order of magnitude difference in y-axis for parts a and b of Figure 3 .
Results and Discussion
Effect of Fluid Oscillations on Gas Holdup for Continuous and Batch Operation.
In the presence of a continuous liquid flow rate (Figure 3a) , the ε G values were <5%, which is less than one-third of the value given by the ratio Q G /(Q G + Q L ) (i.e., ∼15%). This is because of the gas buoyancy, giving a lower residence time to the gas phase in comparison with the residence time of the liquid phase within the reactor's volume. Note that the contacting (residence) time of bubbles (τ b ) is given by the following,
and V SG is based in this case on d mean ) 4.0 mm. The net flow of fluid facilitates the upward movement (rising) of bubbles, promoting the gas disengagement at the top of the OMT. In the absence of the continuous liquid flow rate (Figure 3b) , the values obtained for ε G were very high (up to 90% of gas voidage), especially when operated at the lowest value of x 0 (i.e., 0.5 mm). This flow regime (slug flow) is generally undesirable because it might result in increased evaporation of the liquid phase as well as in the damping of fluid oscillations within the reactor because of the gas compressibility. This relates to the presence of narrow constrictions in the OMT; however, it is possible to avoid it by operation at the highest possible values of x 0 , preferably 3 mm, resulting for this last case in ε G values in the range of 1-30%.
For both situations presented in Figure 3 , the effects of f and x 0 on ε G are quite similar and demonstrate the major effect of oscillatory flow mixing on controlling the gas flow patterns in the OMT. For the x 0 values considered in this study, the values of ε G were at a minimum for f ) 7.5 and 10 s -1 . Globally, the lowest value of ε G was 0.013 ( 0.003 (i.e., a volume gas fraction of ∼1.3%), obtained at f ) 10 s -1 and x 0 ) 3 mm. In general, two patterns were observed for the effect of f on ε G for x 0 g 1 mm: at low values of f, the value of ε G decreases with increasing f; on the other hand, for f > 10 s -1 , the values of ε G increased with the increase of f. Although two patterns were also observed by Oliveira and Ni 20 for a sparged OFR, the gas-phase dynamics in this scaled-down geometry seems clearly distinct from that observed in a 50 mm internal diameter OFR.
In the absence of fluid oscillations (i.e., f ) 0 and x 0 ) 0), bubbles with a large diameter (in the same order of magnitude of d) were forming at the sparger in the OMT (results not shown). When crossing the narrow constrictions, those bubbles experienced a drag force impeding their progress toward the exit, therefore increasing their mean residence time and leading to higher values of ε G . When fluid oscillations are superimposed onto the continuous liquid flow, the movement of rising bubbles is facilitated at low values of f and their mean residence time in the OMT is reduced. The upward and downward movement of the fluid causes bubbles breakage. Some of the bubbles will have their diameter substantially reduced to a value smaller than the orifice free diameter (i.e., <1.6 mm), thus achieving a nearly blockage-free, upward motion that results in lower values of ε G and τ b .
For f > 10 s -1 , the high energy dissipation from the fluid oscillations will presumably lead to the coexistence of bubble breakage and coalescence phenomena, on top of a particular feature: the bubble "retention" as reported for OFRs 20 or the bubble "levitation" as reported by Ellenberger and Krishna . The downward movement of the fluid produces an average peak velocity in the order of 0.01-0.4 m s -1 , coupled with a strong recirculation of the fluid through intensive vortex rings. This clearly results in the enhancement of ε G and the reduction of the rise velocity of the bubbles, and bubbles can actually follow the liquid flow. This is illustrated in Figure 4 , where the typical pathlines followed by the bubbles can be identified at the interconstriction region for one complete oscillation cycle (a CCD camera was exposed to 1 full period of oscillation, i.e., 1/f).
In summary, the ε G values herein presented for the OMT are slightly higher than those reported by Oliveira and Ni 20 for the OFR, using similar mixing intensities (i.e., similar values of Re o ): a minimum value of ε G equal to 0.01 was reported for V SG ) 1.06 mm s -1 . The internal geometry (in particular the small d and the narrow constrictions) is a major factor distinguishing the gas-phase dynamics in the scaled-down OMT in comparison with that in a sparged OFR.
Effect of Fluid Oscillations on the Oxygen MassTransfer Coefficient.
The several experiments carried out with the vertical OMT1 in the presence of continuous gas and liquid flow rates have shown a 100% saturation in DO concentration at the reactor's outlet for f > 7.5 s -1 and x 0 > 0.5 mm. This is clearly seen in the plateau represented in Figure 5a . The model developed for oxygen mass transport cannot be used in this case to estimate the effective k L a in the OMT; more measurements of x O2 would be required through the axial distance of the tube. Thus, further experiments where conducted with the shorter (75 mm length) OMT2. This tube length was considered appropriate because it avoided the full saturation of DO in all of the operational conditions herein tested. Figure 5b shows a similar behavior in DO saturation level at the outlet of OMT2 for increasing values of f and x 0 . Note that all DO values shown in Figure 4 represent the average of three measurements, and a maximum standard deviation of 3.5% was obtained between experimental duplicates. Oxygen mass transfer is strongly affected by the values of f and x 0 . The maximum value of DO concentration was registered at the highest values of f and x 0 herein tested (i.e., 20 s -1 and 3 mm, respectively), presumably due to the higher mixing intensity achieved at these fluid oscillation conditions. The plateau observed in Figure 5 for the highest values of f and x 0 clearly suggests a decrease in the dissolved oxygen concentration throughout the OMT, consequently reducing the oxygen mass transfer by presenting a low out in eqs 14-16. The graphical rendering of the surface fitting the scattered data is based on Renka's triangulation routine. 26 The k L a values were clearly improved with increasing f and x 0 at all the conditions herein tested. The effect of x 0 on k L a is actually more significant than that of f: doubling the values of x 0 induces a greater increase in k L a then doubling the values of f. This happens because x 0 apparently controls the length of eddy generation along the reactor, following previous studies on mass transfer in a conventional OFR 16 and agreeing with previous determinations of mixing times and residence time distributions in the OMT. 23 Actually, such variance is already suggested by the different exponent terms in the two time-averaged power density (P/V) prediction models most often considered in OFRs: the quasi-steady-state flow model, 27 with P/V R f 3 x 0 3 , which is valid for high x 0 and low f (5-30 mm, 0.5-2 s -1 ), and the eddy acoustic model, 25 P/V R f 2 x 0 3 , valid for high f and low x 0 (1-5 mm, 3-14 s -1 ). The k L a data in Figure 6 is to some extent analogous to the data reported by Ni et al. 16 for a conventional OFR. Those authors have studied the k L a for a sparged OFR using f ) 3-12 s -1 and x 0 ) 4-14 mm and have observed a similar trend in k L a with the increase of f, meaning that, in this range of fluid oscillation conditions, the flow patterns are quite similar in both the OFR and the OMT. 1 The maximum k L a ) 0.16 ( 0.03 s
obtained with the OMT (using a V SG ) 0.28 mm s -1 and a Re o ) 1 651) is very high when compared with the k L a values reported for the OFR. In the latter case, a k L a ) 0.01 s -1 was reported by Hewgill et al. 12 for a similar value of Re o , and a maximum k L a ) 0.02 s -1 was obtained for Re o ) 5 000. The k L a enhancement obtained by the OMT is remarkable, especially when considering that the work of Hewgill et al. 12 was performed using a 4-fold higher value of V SG (i.e., 1.1 mm s -1
). Also, Oliveira and Ni 20 reported maximum values of k L a ) 0.017 s -1 for V SG ) 1.06 mm s -1 , and k L a ) 0.04 s -1 for V SG ) 4.24 mm s -1 , using x 0 ) 4 mm and f ) 8 s -1 , which are clearly lower than the values herein presented. Figure 7 compares the k L a values obtained with the OMT with those reported by Oliveira and Ni 21 for a similar range of peak oscillatory velocities (given by 2πfx 0 ). An average 5-fold increase in k L a was obtained with the OMT for the same value of peak oscillatory velocity, showing the higher efficiency of the small reactor for O 2 mass-transfer purposes, especially when considering the difference in V S . Such improvement goes up some ∼11.4-fold when the two reactors are compared for the same intensity of oscillatory flow mixing (i.e., Re o ), as there is 1 order of magnitude separating the values of the two internal diameters.
The efficiency of oxygen mass transfer from the gas to the liquid phase in the OMT given by the ratio Table 2 . The oxygen uptake rates by the liquid phase were in the range 3.6-12.0%, considering a partial O 2 pressure, y O2 ) 0.20948, in atmospheric air. This also confirms the above assumption of constant gas flow rate; for the highest oxygen uptake rate, V GS may have decreased by a maximum of ∼2.5%.
The simplifications that were made when deriving the differential eqs 4-8 for oxygen mass transfer have an insignificant impact on the k L a values, as shown in Figure 8 . Actually, the simplifications having a higher impact on the k L a values estimated for the OMT would have been related to neglecting both the liquid dispersion and the decrease in the partial pressure of oxygen in the gas phase. These two assumptions are quite common in studies for conventional gas-liquid contacting reactor systems. To measure the impact of different simplifications on the oxygen mass transport model in the OMT, k L a values were estimated for decreasing levels of simplifications (A-D, respectively) and represented in Figure 8 . For models A and B, the diffusive flow term in eq 4 was neglected, while ∂o j G /∂l was considered null in eq 7 for models A and C. The transport model described in the Experimental Apparatus and Procedures section corresponds to model D (or "full model"). The simplification of the liquid phase behaving as a plug flow rather than an axially dispersed flow (models A and B) would lead to an underestimation of k L a values in the order of 50-60%, while the effective decrease in the partial pressure of oxygen in the gas phase would represent an impact of 30-40% when not taken into account. Models A-C also showed a general tendency to a plateau for high values of x-axis by overestimating the driving force for the same value of x O2 out , associated with neglecting D L and o j L * (z). Figure 8 also demonstrates the importance of considering the axial dispersion in the liquid phase. The backflow generated by the axial, reciprocate movement of the fluid results to some extent in a controlled axial dispersion of oxygen through the length of the OMT, thus decreasing the local "driving force" for oxygen mass transfer in every z point of the tube. The gas dynamics also have a strong effect in this work due to the low value of V GS herein used, corresponding to a small ratio Q G / (Q G + Q L ) and, consequently, a significant decrease in the partial pressure of oxygen (up to ∼12%).
4.3. Sensibility Analysis of k L a. The impact of experimental errors on the estimated values of k L a is herein discussed in relation to DO concentration and gas holdup values experimentally determined. The procedure involved measuring a DO concentration at one single axial point (i.e., at z ) 1) and adding it to the boundary condition for the gas at the inlet (z ) 0). Thus, the estimated k L a values are likely to be very sensitive to small deviations in x O2 out . The maximum standard deviation obtained for x O2 out at the different combinations of f and x 0 was 3.5% (at 20 s -1 and 3 mm), and the very low holdups observed for certain fluid oscillation conditions (in the range of 1%) pulled the inaccuracy in ε G up to (25%. Figure 9a summarizes the impact of small deviations in DO on the estimated value of k L a for three combinations of f and x 0 and shows that the maximum deviation in k L a is basically insignificant (<1.3%), except for the two highest combinations of f and x 0 herein tested (i.e., 15 s -1 , 3 mm and 20 s -1 , 3 mm), where the error goes up to (30-40%. This is a consequence of the highly backmixed behavior obtained with the OMT2 at these particular fluid oscillating conditions (as summarized in Table 2 ). The experimental errors in gas holdup would result in a maximum deviation of k L a of (3%, as shown in Figure 9b .
4.4.
Comparison of the OMT with Further Gas-Liquid Contacting Systems. Deckwer et al. 28 have modeled the k L a for a simple bubble column as follows,
where n and b are empirical constants. Hewgill et al., 12 working with an OFR, yielded results of n ) 1.01 and b ) 10.1 m -1 , which is consistent with Deckwer's results. Extrapolating such results for the present case study and considering that Hewgill's work was performed with V SG in the range of 0.42-2.4 mm s -1 (with its minimum value very close to the V SG value herein used, i.e. 0.37 mm s -1 ), a value for k L a ) 0.00345 s -1 is estimated using eq 18. In the absence of fluid oscillations, the k L a value presented for the OMT in Figure 5 (0.009 s -1 ) represents a ∼2.5-fold improvement in comparison with the value predicted by eq 18. When fluid oscillations are used at f ) 20 s -1 and x 0 ) 3 mm, the k L a value is increased by ∼17 times, representing a ∼45-fold enhancement in comparison with Deckwer's relation.
This improvement in k L a is related to the scale and geometry of the tube's constrictions (resulting in higher ε G values and, consequently, higher specific surface area, a) and to the high radial mixing rates causing an increased "turbulence" at the gas-liquid interface. Such enhancement in mass transfer in the liquid-side film was actually expected from our computational fluid dynamics (CFD) studies and experimental particle image velocimetry (PIV) measurements, where we observed high radial rates of flow exchange between the walls and the center of the OMT coupled with high velocity gradients throughout a complete oscillation cycle. 1 These typical flow patterns are illustrated in Figure 10 .
The k L a enhancement achieved by the radial mixing in the OMT is much more significant than the k L a improvement reported by Ellenberger and Krishna 14 for a bubble column reactor wherein the liquid phase is subjected to axial vibrations. These authors have found that k L a values are improved by about a factor of 2 due to vibration excitement. In terms of mass transfer coefficient per unit volume of bubbles, k L a/ε, it has represented an increase from about 0.32 s -1 to a maximum of 0.63 s -1 in the presence of a vibration frequency of 60 s -1 and amplitude of 0.5 mm. When associating periodic constrictions with the axial fluid oscillations as featured in the OMT, the generated vortex rings and considerable radial mixing allow a more significant improvement of k L a/ε from 0.25 to 0.8-6.16 s -1 , for the ranges of f and x 0 herein tested. The maximum obtained value of k L a/ε ) 6.16 s -1 is ∼10 times higher than the maximum value reported by Ellenberger and Krishna 14 through simple, axial vibrations in a plain bubble column. This means the increase in the value of k L (liquid-side mass transfer coefficient) is more significant in the OMT, revealing more effective "turbulent" kinetic energy dissipation. Table 3 briefly compares the values of k L a obtained with the OMT with those reported for conventional gas-liquid contacting designs, including the vibrating bubble column of Ellenberger and Krishna. or the energy dissipation at each combination of f and x 0 . Zheng 29 has shown from the analysis of the velocity vector maps built with 2-D PIV that the cycle-average "turbulent" kinetic energy dissipation, ε j (W kg (19) When plotting log(k L a) versus log(ε j), this returns a linear trend line for experiments performed at Re o g 200 (below this value of Re o , the flow patterns are axisymmetric and virtually repeatable on every oscillation cycle). The obtained correlation is plotted in Figure 11a and can be represented by the following equation: (20) The correlation in eq 20 predicts values of k L a within a (20% error, as shown in Figure 11b . A further 3-D plot of k L a versus ε G and ε j (Figure 12 ) allowed the conclusion that the gas holdup plays a marginal effect on the overall enhancement of k L a in comparison with the rate at which the mechanical energy is locally dissipated by "turbulence".
Conclusions
The experimental results herein presented for gas-liquid contacting in the OMT have shown a major effect of the intensity of oscillatory flow mixing on both ε G and k L a. The ε G values determined for a continuous airflow rate of 0.28 mL min -1 and a constant liquid flow rate of 1.58 mL min -1 were in the range of 1-5%, which is comparatively higher than those values reported for a 50 mm internal diameter OFR or a vibrating bubble column. The geometry of the OMT, in particular the narrow, smooth-periodic constrictions (with a reduction in the free cross section of ∼87%), is a major parameter distinguishing the gas-phase dynamics in this scaleddown system from that observed in the conventional OFR (with a typical free cross section of 75%).
The oxygen mass transport model developed for the continuous, heterogeneous gas-liquid flow in the OMT demonstrated the major importance of considering both the decrease in the partial pressure of oxygen in the gas phase and the backmixing in the liquid phase during the design of tubular reactors based on this new OMT geometry. The k L a values calculated for the OMT were significantly higher than the values typically found in conventional gas-liquid systems, while being obtained using a much lower mean superficial gas velocity; k L a values were improved by about a factor of 5 in comparison with an OFR operating at the same value of peak oscillatory velocity and using only about one-quarter of the air per unit of reactor volume. The maximum k L a value obtained with the OMT (∼0.16 s -1 ) represents a ∼50% enhancement in relation to the best k L a values reported for highly efficient, large-scale biological reactors (such as stirred-tank reactors, airlift reactors, or bubble columns, with k L a values up to ∼0.1 s -1 ), while using (at least) a 95% lower superficial air velocity. It also represents a 4-fold improvement in comparison with the gas-liquid flow studies in OFR (with reported k L a values up to 0.04 s -1 ) and about an 8-fold increase in comparison with a vibrating bubble column for values of V SG in the same order of magnitude.
A plot of k L a versus the cycle-average turbulent kinetic energy dissipation rate and the gas holdup has demonstrated the marginal effect of ε G to the overall enhancement of k L a. Therefore, a plot of log(k L a) versus log(ε j) has returned a linear relation that can be used to predict k L a values in this specific geometry within a (20% error. The major factor distinguishing the k L a enhancement in this tubular reactor's geometry is the extent of radial mixing causing an increased turbulence at the gas-liquid interface.
The present work is an important step toward the design of novel continuous, scaled-down platforms based on the OMT's geometry, with potential applications in gas-liquid and gas-liquid-solid contacting, namely, bioprocesses where mass transfer of a solute (e.g., oxygen) from a gas into a liquid phase is often the rate-controlling step. The application of fluid oscillations in this constricted OMT allows a superior control of k L a values, leading to the application of novel scale-down reactors as bioprocess screening units. 
